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Design of multi-phase and catalytic chemical reactors:
a simulation tool for pollution prevention
Jack R. Hopper, Jamal M. Saleh, Ralph Pike

Abstract A comprehensive chemical reactor analysis C°.; Outlet bulk liquid concentration of component
tool was required to complete a project to develop an i (mol/1)

advanced on-line process optimization analysis system for Cs.i Concentration of component i at catalyst surface
pollution prevention. The advanced process analysis sys- (mol/1)

tem integrate?s programs (reactors, on-.line optimization, Cog Specific heat capacity of gas [(BTU/°F Ib.) cal/Kg]
pinch analysis, and process flow-sheeting) to analyze and Cor Specific heat capacity of liquid [(BTU/°F Ib.)
modify chemical processes for waste minimization. The cal/K g]

reactor analysis program is to be used to evaluate and N Bulk diffusivity (cm¥s)

analyze multi-phase and catalytic reactors to suggest to the Di; Liquid-phase axial dispersion coefficient (cm?/s)

plant and process engineers the best reactor type and E Energy of activation (kj/mol)
operating conditions. A multi-phase catalytic reactor de- Fy  Flow rate of gas (m®/s)

sign and analysis tool, ReaCat, has been developed. ReaCat Inlet flow rate for component i

incorporates models to design the following reactor types: Ap . Heat of reaction of the component i (k]/mol
plug flow, CSTR, batch, catalytic fixed-bed, catalytic flui- " Henry’s cons}(ant for compolr)1ent ; (& )

dized-bed, gas-liquid stirred tank, trickle-bed, three-phase f et .

fixed bubble-be.d,. bubble slurt.'y column3 CSTR slurry, and Kpc gliss_tp(l)lrieer (Il;ejlglt)ll(;r-lp;(;zzgaﬁfass transfer
three-phase fluidized-bed. This paper gives a summary of coefficient (1/s)

the multi-phase and catalytic reactors: classifications,
theory and design models, numerical methods, and solu-
tion algorithms. A description of the reactor analysis tool
including comparison cases with experimental data is

Kce Intermediate (cloud-wake) phase mass transfer
coefficient (1/s)
K.a. Liquid-solid mass transfer coefficient (1/s)

presented. (Kiag); Gas-liquid mass transfer coefficient for compo-
nent i (1/s)
(K.a.); Liquid-solid mass transfer coefficient for compo-
List of symbols nent i (1/s)
A Heat transfer area (f_nz) ] Kga;,  Gas-phase mass transfer coefficient (1/s)
Cgi  Gas bulk concentration of component i (mol/l)  k/4,  Liquid-phase mass transfer coefficient (1/s)
C'g; Inlet bulk gas concentration of component k, First-order reaction constant
i (mol/l) N Number of species in mixture
C%,i  Outlet bulk gas concentration of component P Inlet bulk gas partial pressure of component
i (mol/l) i [(psi) bar]
Cyi Liquid bulk concentration of component i (mol/l) p°, Outlet bulk gas partial pressure of component
C'p; Inlet bulk liquid concentration of component i [(psi) bar]
i (mol/l) Qg Gas volumetric flow rate (cm®/s)
QL Liquid volumetric flow rate (cm’/s)
QGmax Maximum gas flow rate (cm®/s)
R Gas constant (1 atm/mol K)
(-r;))  Net rate of disappearance of component i

Received: 20 January 2000 / Accepted: 2 April 2001
Published online: 10 July 2001
© Springer-Verlag 2001

t Time (s)

T; Inlet temperature [(°F) K]

T, Outlet temperature [(°F) K]
T, Ambient temperature [(°F) K]
U

J.R. Hopper (), J.M. Saleh Overall heat transfer coefficient [BTU/h ft* °F

Lamar University, Chemical Engineering Department,

2
P.0. Box 10053, Beaumont, TX 77710, USA (cal/s cm” K)]
E-mail: hopperjr@hal.lamar.edu Ug Gas superficial velocity (cm/s)
R. Pike Up Bulk gas-phase velocity (cm/s)
Louisiana State University, Baton Rouge, Louisiana, USA UL Liquid superficial velocity (cm/s)
3
Support from the Gulf Coast Hazardous Substance Research Center Vr Reactor volume (m”)

and the Environmental Protection Agency is gratefully acknowledged V' Volume of reservoir (m>)



J.R. Hopper et al.: Design of multi-phase and catalytic chemical reactors
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Introduction

To perform an advanced process system analysis, which is
used to evaluate chemical and refinery processes for waste
minimization (Telang 1996, Pike et al. 1998), an advanced
chemical reactor tool is essential. The reactor design tool is
to be used to evaluate and analyze the various types of
industrial multi-phase and catalytic reactors. In an effec-
tive and time saving manner, plant and process engineers
need a reactor design tool to analyze and study the effect
of operating conditions on the pollution index. For this
purpose, ReaCat, a multi-phase catalytic reactor analysis
simulation tool, has been developed with the following
features:

1. User-friendly input/output interface
2. Graphical and tabular data output
3. Reactor models included

i Homogeneous reactors (plug flow, CSTR, batch)
ii ~ Heterogeneous reactors

I Catalytic gas fixed-bed

II  Catalytic liquid fixed-bed

III  Catalytic gas fluidized-bed

IV Catalytic liquid fluidized-bed

V  Gas-liquid continuous stirred tank

VI  Three-phase trickle-bed

VII Three-phase bubble fixed-bed

VIII Three-phase catalytic gas-liquid slurry stirred

flow regimes.

Multi-phase and catalytic reactor, definitions

and classifications

In industrial chemical processes, multi-phase reactors
have a wide range of applications such as oxidation,
hydrogenation, hydro-desulfurization, and the Fischer-
Tropsch synthesis. Table 1 lists the definition for the
different reactor types included in this study. Multi-phase
reactors are defined as reactors with at least two distinct
phases in contact. Reactors, in general, may be classified
based on the number of phase coexistence into the fol-
lowing category:

i) Homogeneous: one phase such as gas or liquid exists in
the reactor. The hydrodynamic flow characteristic of
the mixture determines the reactor type such as plug,
CSTR, or batch.

ii) Heterogeneous: two distinct phases of reactants (or
catalyst) coexist. This category may be classified into
the following subcategories:

a Catalytic reactors: gas or liquid phase (or both) is in
contact with a catalyst (mainly solid, but could be
another liquid phase). Examples of this category
include the catalytic packed-bed (catalytic gas re-
action) and the three-phase trickle-bed (catalytic
gas-liquid reaction).

tank ' o b Non-catalytic reactors: gas-liquid or liquid-liquid
XI ghéee-phase catalytic gas-liquid slurry bubble- reactions are carried in a variety of contact vessels
e

X Three-phase catalytic gas-liquid fluidized-bed

4. Power-law reaction rate or the Langmuir-Hinshelwood
model to account for the catalytic adsorption effects

5. Equipped with correlation to estimate the external mass
transfer effects (gas-liquid, and liquid-solid), and dis-
persion coefficients

6. Estimation of the catalytic effectiveness factor to ac-
count for the intra-particle resistance

7. Isothermal and non-isothermal/non-adiabatic condi-
tions

Table 1. Definitions of reactors

such as the gas-liquid continuously stirred tank
reactor.

Each reactor type exhibits certain characteristics and ad-
vantages that may make it the best candidate for a specific
reaction; the power of a simulation tool becomes very clear
for such an analysis. For a complete discussion on exam-
ples, classification, definitions, and advantages or disad-
vantages of multi-phase and catalytic industrial reactors,
the reader is referred to Ostergaard (1974), Shah (1979),
Tarhan (1979), Ramachandran and Chaudhari (1983),
Tsutsumi et al. (1987), and Saleh (1994).

Catalytic packed-bed

Gas or liquid reactants flow over a fixed-bed of catalysts

Catalytic fluidized-bed
CSTR gas-liquid
Bubble gas-liquid bed
Trickle-bed

The up-flow gas or liquid phase suspends the fine catalyst particles

Liquid and gas phases are mechanically agitated

Liquid phase is agitated by the bubble rise of the gas phase. Liquid phase is continuous

Concurrent down-flow of gas and liquid over a fixed-bed of catalyst. Liquid trickles down,
while gas phase is continuous

Concurrent up-flow of gas and liquid. Catalyst bed is completely immersed in a continuous
liquid flow while gas rises as bubbles

Mechanically agitated gas-liquid catalyst reactor. The Fine catalyst particles are suspended in the
liquid phase by means of agitation. (Batch liquid phase may also be used)

Liquid is agitated by means of the dispersed gas bubbles. Gas bubble provides the momentum
to suspend the catalyst particles

Catalyst particles are fluidized by an upward liquid flow while gas phase rises in a dispersed
bubble regime

Bubble fixed-bed
CSTR slurry
Bubble slurry column

Three-phase fluidized-bed
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Fig. 1. Gas-liquid-solid contact in three-phase reactors

Design models

Design of multi-phase and catalytic reactors is more
complex than that of homogeneous reactors due to the
following: the coexistence of more than one phase intro-
duces the mass transfer resistance (Fig 1), the intra-

particle diffusion, adsorption effects, and the flow regimes,
which may be different for each phase. The details of the
mathematical model, assumptions, and solution algorithm
for each of the reactor types are listed in Saleh (1994),
Hedge (1999), and Waghchoure (1999). Tables 2, 3, 4, 5, 6,
and 7 show the design model, assumptions, and solution
algorithms for the three-phase trickle-bed, three-phase
catalytic slurry CSTR, and gas-liquid (non-catalytic)
agitated tank, catalytic liquid fluidized-bed, catalytic gas
fluidized-bed, and catalytic fixed-bed, respectively. The
trickle-bed model (Table 2) is applicable to three-phase
fixed-bed, three-phase fluidized-bed, and three-phase
bubble slurry-bed as well. A complete list of correlations
implemented in the ReaCat program to predict the mass
transfer and hydrodynamic parameters are listed in Saleh
(1994), Hedge (1999), and Waghchoure (1999). The se-
lection of these correlations is based on the recommen-
dation, found in literature review, of other authorities in
this area. For examples, the correlation implemented for
the three-phase reactors are those recommended by
Ramachandran and Chaudhari (1983). Since most of the
correlations were developed for laboratory and pilot
reactors, program users are allowed to skip correlation
when experimental data are available. Tables 8 and 9 give a
summary of the correlations used in the program. For
catalytic reactors, intra-particle diffusion is accounted for
by multiplying the intrinsic reaction rate by the catalytic
effectiveness factor. The procedure to estimate the cata-
lytic effectiveness factor is listed in Table 10. Procedures to
warn the user of conditions that violate the model as-
sumptions are also included. For example, when the
catalyst-wetting factor is not unity or when a flow regime

Table 2. Three-phase gas-liquid catalytic reactors design model (trickle-bed, fixed-up-flow bubble-bed, bubble slurry bed, three-phase

fluidized-bed)

Non-volatile liquid-phase mass balance DL,idzdiEi ~ U8 (Kea),(Cui— Csi) = 0.0 1
Volatile liquid-phase mass balance DL,idde;’i _ ULdg?i + (KLag)i(% — Cr,) — (Keac);(Cri — Csi) = 0.0 (2)
Boundary conditions Atz=0 — DL.idS?i =U (CLJ - CiL,i)

Atz=1 ¥li—g
Gas-phase mass balance —Ugdg*ji — (KLag)i(% — Cpi) =0.0 (3)
Component mass balance (Kcac)i(CL‘,- - CS‘i) = (-1) (4)

around the catalyst

Model assumptions
1. Complete radial mixing

2. Axial back mixing is accounted for by the dispersion parameter
. Gas and liquid concentration and temperature profiles are function of reactor length only

. The catalytic effectiveness factor accounts for the intra-particle diffusion resistance

3
4. Complete catalyst-wetting factor and uniform catalyst concentration and activity
5
1

Solution algorithm

. Equations 1-4 are developed for each component in mixture

1
2. At the inlet of reactor, z=0, the nonlinear algebraic system of Eq. 4 is solved the concentration at the catalyst surface

by the Newton-Raphson numerical method

3. When plug flow model is assumed, Egs. 2, 3, and 4 are integrated using the previously calculated surface concentration.

For the dispersion model, the shooting method is applied
4. Steps 1-3 are repeated for the entire reactor length
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developed is other than the assumed, a warning message
will be displayed at the end of the calculation. Each of the
mathematical models has been tested versus other pub-
lished experimental or simulation work. Table 11 lists
some comparison examples; for more examples the reader
may refer to Saleh (1994).

Program description

A user-friendly input/output program has been developed
to solve and analyze the different reactor types. Figures 2,
3, and 4 show a few of input screens. A complete user
manual may be requested from the authors. Results may
be viewed in graphical or tabular format. The user can
view conversion, concentration, temperature, and pres-
sure, which may be displayed as a function of reactor
length, volume, catalyst weight, or reaction time (Fig 5).

Another version of ReaCat was built to allow simple flow-
sheeting capability, such as connecting reactors in series
or parallel, generic mixing and splitting of streams, and
generic heat transfer equipment (Fig 6).

Example 1, sulfuric acid production by contact process
The production of sulfuric acid by the contact process is a
three-step process that produces sulfuric acid and steam
from air, molten sulfur, and water. The process consists of
three sections: (1) the feed preparation section; (2) the
reactor section; (3) the absorber section. In the feed
preparation section, molten sulfur feed is combusted with
dry air in the sulfur burner to produce SO,. The second
section is the reactor or converter section. Gases from the
feed section, sulfur dioxide and air, enter at (787 °F)
419.4 °C and (19.4 Psia) 133,759.12 Pa. Sulfur dioxide and

Table 3. Three-phase gas-liquid catalytic reactors design model (CSTR slurry)

Non-volatile component QL (Ci —c ) _ VR(chc)-<Cf G 1.) —00 (1)
liquid-phase mass balance ! ! A ’

Ngn—yolatile component Q (Cii - i) + VR (KLag)(% — cfi) _ VR(Kcac)i(Cff — CS.i> =0.0 (2)
liquid-phase mass balance ’ ’ A ’ ' '

Gas-phase mass balance Qe (CiGj -3 i) - W (KLﬂg)i(C;,G,»’i - Cfi) =0.0 (3)

Component mass balance Ve(K.a -(C" _C ) — Vol—r: (4)
around the catalyst R(Keao)i( G — G R(=rs)

Model assumption
1. Gas and liquid phases are well agitated

2. Uniform concentration and temperature within each phase in the entire reactor volume

3. Complete and homogeneous catalyst suspension
4. Continuous flow

Solution algorithm
1. Equations 1-4 are developed for each component in mixture
2. An initial guess for the surface concentration is assumed

3. For a given reactor volume, the system of nonlinear algebraic equations is solved iteratively by the Newton-Raphson

method to find the exit conditions

Table 4. Gas-liquid agitated tank, design model

Gas-phase component mass balance (Qg/RT)(P'i — P°i) + VxEKgay (P°i/Hi — C};) = 0 (1)
or Fgas/Pr (P'i — P°i) — VxEKgay (P{/Hi — C%;) =0

Liquid-phase volatile-component mass balance QL (CiLi — CY;) + VrEKyay (P°i/Hi — CY;) + 1;Va =0 2)
Liquid-phase non-volatile-component mass balance QL (CiLl. —C) +riVR=0 (3)
Energy balance TFi[o;(Ti — To) + B;/2(Ti* — To?) +v;/3(Ti* — To’)] (4)

— [VRX(AH,;t;)] + UA(Ta— To) =0

Model assumption
1. Steady state
2. Both phases are assumed to be perfectly macro-mixed
3. Uniform gas and liquid temperature

Solution algorithm

1. Provide an initial guess for the design variables: gas and liquid concentrations and temperature

2
3
4

. Estimate the hydrodynamic parameters: mass transfer coefficients, power consumption, and minimum gas flow rate
. Equations 1-4 are developed for each component in mixture
. The system of non-linear algebraic equation is solved simultaneously by the Newton-Raphson method
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oxygen from air react with each other to produce SO; and reacts with water to form sulfuric acid. In the actual pro-
heat since this is an exothermic reaction. SO5 from the cess plant, four converters are used to obtain maximum
reactor section is passed to the absorber section where it possible conversion with intermediate removal of heat and

Table 5. Catalytic liquid fluidized-bed reactors, design model

Liquid-phase component balance

dc;
Plug flow U iL_ Ki(Ca — Css) (1)
dz
Dispersion d*c; dc; (2)
96 P DLasz -U dZL = Ki(Ci — Cis)
Catalyst (emulsion) phase Ki(Cip — Cis) = (R)iCata_lystPhase ©)
Energy balance (4)

dar &
PL UL CpL & - Z R]AHT] + Ua(Tambient - TReactor)

=

Assumptions

1.
2.

3.

The reaction in the liquid phase is assumed negligible

By neglecting internal convection effects, the catalyst and the liquid are assumed to be at the same temperature based
on the extremely small particle sizes. (in pm)

Steady state

Solution algorithm

1.
2.

3.

Estimate the required parameters. (U, Ki, expanded length of bed)

Catalyst surface concentrations (Eq. 3) are converged using the Newton-Raphson method with the Gauss-Jordan

elimination method. As a starting guess, catalyst phase concentrations are assumed to be equal to concentrations in liquid phase
Liquid concentrations (Eq. 1 or 2) for the next interval are calculated depending on type of the flow selected. (4th order
Runge-Kutta for plug flow, finite difference for the dispersion model)

Table 6. Catalytic gas-fluidized-bed reactor, design model

Design equations
Bulk gas phase (bubble phase)

Plug flow -Up ddCZfb = Kpc(Cip — Cic) M
With axial dispersion D cl;Z_CfJ _u % — Kye(Ca — Ci) (2)
Intermediate (cloud-wake) phase Kgc(Civ — Cic) = %c(R)icioudphase + Kce(Cic — Cie) 3)
Catalyst (emulsion) phase Kce(Cic = Cie) = 1e(R) ipmulsionphase <
Energy balance dr R (5)

Pg chpg & = Z R]AH?‘] + Ua(Tambient - TReactor)
=1

Assumptions

1.

W

5.

Three phases present in a gas fluidized-bed reactor. Bulk gas phase is known as bubble phase. Intermediate phase contains both
gas and the solids. Catalyst (emulsion) phase has solids in higher concentration

The gas bubbles formed are assumed to be spherical in nature

Mass transfer is believed to be happening in all three phases

The reaction occurring in bulk gas (bubble) phase is not significant and hence is neglected

Steady state

Solution algorithm

1.
2.

3.

Estimate the required parameters using correlations. (Dy, Uy Vo> Yer Kpcr Kcg)

Intermediate and solid surface concentrations (Eqs. 3 and 4) are converged using the Newton-Raphson method

with the Gauss-Jordan elimination method

Bulk gas concentrations (Eqs. 1 or 2) for the next interval are calculated depending on type of flow selected. (4th order
Runge-Kutta for plug flow, finite difference for the dispersion model)

. For non-isothermal cases, the temperature for the next interval is calculated by Eq. 5 and used to find reaction rates

for the next length interval

. Steps 3 and 4 are repeated over the total reactor length
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the product, SO;. The removal increases the equilibrium following expression:
conversion. The reaction takes place on a vanadium

pentoxide catalyst. Two types of this catalyst LP-110 and ;P2
LP-120 are used in these reactors. The reaction is: rso2 = Pso2Po) 1 Psos ; 1
/1/2 1/2

S0, + (1/2)0; — SO, (A +BPY? 4+ Py, + DP503) K»Pso2P,

The kinetic model for this reaction was given by Harris

and Norman (1972). The reaction rate is predicted by the where

Table 7. Catalytic fixed-bed, design model

Mass balance around the catalyst (keac);(Ce — Cs)i = n(—Rnet); (1)

Gas-phase component mass UG48 — (keac);(Cg — Cs)i = 0.0 (2)
balance (plug flow model)

Gas-phase component mass DGZ‘@ — UG% — (keac)(Ce — Cs)i = 0.0 (3)
balance (dispersion model) &z g

Energy model UspgCpgst = Z (RjAHRj) + UA(T — Ta) 4)

Model assumptions
1. Complete radial mixing
2. Dispersion coefficient is used to account for the axial back mixing
3. Effectiveness factor accounts for the intra-particle resistance
4. Steady state

Solution algorithm

1. At the reactor inlet, develop Eq. 1 for each component in the mixture

2. Solve the system of non-linear algebraic equations for the concentration at the catalyst surface, C,. This is an iterative
procedure as follow: Guess C;, solve for the effectiveness factor, evaluate the net intrinsic reaction rate for each component,
then using the Newton-Raphson method to solve the system of Egs. 1, new values for C are estimated. The process is repeated
till no further change in Cs is occurring

3. Develop Egs. 2 or 3 (depending on the model choice, plug or dispersion) for each component in mixture; solve for the
next increment in reactor length using the 4th order Runge-Kutta method or finite difference

4. Repeat the above steps for the next reactor length increment

Table 8. Correlation used for the three-phase catalytic reactors

Correlation Trickle-bed Fixed up-flow CSTR slurry Bubble slurry Three-phase fluidized

Pressure drop Larkins et al. (1961) Turpin and - - -
Hintington (1967)
Ellman et al. (1988)

L and G holdup<1 Sato et al. (1973) Fukushima and Calderbank (1958) Yamashita and  Kim et al. (1975)
Kusaka (1979) Aeon (1975)
Ellman et al. (1990)  Achwal and Yung et al. (1979) Maselker (1970)
Stepanek (1976)
G-L mass transfer Ellman et al. (1988)  Reiss (1967) Bern et al. (1976)  Akita and Dhanuka and
coefficient Yoshida (1974)  Stepanek (1980)
Sato et al. (1973) Dakshinamurthy
et al. (1974)
L-S mass transfer Van Krevelen and Specchia et al. Sano et al. (1974) Kobayashi and Lee et al. (1974)
coefficient Krekels (1948) (1978) Saito (1965)

Dharwadker and
Sylvester (1977)

L dispersion Michell and Stiegel and - Deckwer et al. El-Temtamy

coefficient Furzer (1972) Shah (1977) (1974) et al. (1979)
G dispersion Hochman and - - Mangartz and -

coefficient Effron (1969) Pilhofer (1981)
Wall heat transfer Specchia and - - Fair (1967) -

coefficient Baldi (1979)
Power consumption - - Luong and - -

Volesky (1979)
Michel and

Miller (1962)
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Pso2, Poas Psos are interfacial partial pressures of SO,, O,,
and SO; (atm)

Kp is the thermodynamic equilibrium constant (atm
Constants A, B, C, and D are function of temperature T
P’ denotes interfacial partial pressures of SO, and O, zero
conversion under total pressure at the point or reactor
(atm)

—1/2)

For catalyst type LP-110

A= e O8H60/T B 0 10327350/ [y _ o=738+6370/T

For catalyst type LP-120
A = ¢ S8HOG/T B () 0 _ 6454610/ [y _ o~859+7020/T

For the heat of reaction, an empirical formula is used,
which was also derived by Harris and Norman (1972):

AH eaction = 1.827(—24097 — 0.26T + 1.69 x 10> T*
+ 1.5 x 107 /T) — BTU/Ibmol(cal/gmol)

The complete list of input parameters and operating
conditions provided for the ReaCat Program is given in
Kunii and Levenspiel (1969).

Table 9. Correlation used for the two-phase reactors

Results

An SO, conversion of 59.74% is obtained (catalyst type:
LP-120) at the exit point of the reactor and the outlet
temperature is (1014 °F) 545.55 °C. If LP-110 catalyst is
used, 45.99% conversion is obtained with an exit temper-
ature of (950 °F) 510 °C. It can be seen that conversion is
higher for LP-120, hence SO, emission will be less. Keeping
the catalyst type constant and varying the inlet flow rate
shows that decreasing the flow rate increases the conversion
thus reducing SO, emission. Since this is an exothermic
reaction, conversion decreases at higher temperatures. The
process uses intermediate coolers to lower the temperature,
which gives a better conversion and reduces SO, emission.

Example 2, catalytic oxidation of ethanol in waste water
Organic pollutants dissolved in liquid water are usually
removed by the biological oxidation process. However,
some pollutants with aromatic structure decompose
slowly under this process. Liquid-phase oxidation of
organic pollutants in water with a solid catalyst provides
a method that may remove dissolved organic com-
pounds. This is a typical case when three-phase reactors
are applied since the process contains liquid (aqueous

Gas-liquid continuous stirred tank reactor

1. Maximum gas flow rate (Qgmax)

2. Bubble diameter (d;,)

3. Gas holdup (eg)

4. Liquid side mass transfer coefficient (ki)
Catalytic liquid fluidized-bed

Mass transfer coefficient (Ky)

Catalytic gas fluidized-bed
1. Voidage at minimum fluidization (ep,y)
2. Velocity at minimum fluidization (Up,y)
3. Bubble diameter (Dg)
4. Mass transfer coefficients (Kgc and Kcg)
5. Coefficient for axial dispersion (Dga)

Catalytic gas fixed-bed
1. Coefficient for axial-dispersion

Charpentier (1981)

Van Dierendonck (1970)
Van Dierendonck (1970)
Van Dierendonck (1970)

Chu et al. (1953)

Broadhurst and Becker (1975)
Kunii and Levenspiel (1969)
Horio and Nonaka (1987)
Kunii and Levenspiel (1969)
Kunii and Levenspiel (1969)

Kunii and Levenspiel (1969)

Table 10. Calculation of catalytic effectiveness factor

Catalytic effectiveness factor

First order reaction rate
Spherical pellet
Cylindrical pellet
Slap pellet

General non-linear reaction rate
where

k

Dek

Csk
(-1(C))

R
Pp
Limiting reactant is found by the following criterion

n= #(coth&/) - ﬁ) where ¢ is the Thiele modulus

kSapp/De -
=2pp(—1(CS)){ | 2Dek(—r(CS))dCSk} "

Limiting reactant index

Effective diffusivity for the limiting reactant

Limiting reactant concentration at catalyst surface

Intrinsic reaction rate as non-linear function of surface
concentration

Catalyst pellet radius

Catalyst density

DeBCSB>10VDeACSA

Stoichiometry of B when stoichiometry of A=1
Effective diffusivity

Surface concentration
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organic), gas (oxygen), and solid (catalyst). The objec-
tive of this analysis is to compare the ethanol conver-
sion profiles for the different types of the three-phase
reactors.

A typical catalyst used in this reaction is Pd-Al,0; at
30 °C. The reaction has been shown to be first order with
respect to oxygen and zero order with respect to ethanol.
The reaction stoichiometry is represented as:

Ag + By — products
where

A Oxygen
B Ethanol
g Gas phase
1 Liquid phase

The rate constant, k, is 0.0177 cm3/g s. Table 12 lists
other parameters and operating conditions needed to run
the ReaCat package. Since fixed-beds and suspended-beds
have different characteristics regarding the catalyst load
and catalyst particles diameter, different sizes of catalyst
particles and catalyst loads were used in fixed-beds and
suspended-beds. However, all other parameters and
operating conditions are essentially the same in this
comparison. Table 12 shows the different catalyst and
reactor characteristics as used in the study.

Design models and solution algorithms
A dispersion model is used to describe the liquid-phase

component material balances in the following reactors:
trickle-bed, bubble fixed-bed, bubble slurry, and three-

Table 11. ReaCat, test cases

phase fluidized. The gas phase was assumed to move in
plug flow. Table 2 shows the component balance for the
catalyst, gas, and liquid phase for the above reactors.
Table 3 lists the component material balances in the well-
agitated slurry reactor (CSTR slurry).

The catalytic effectiveness factor was calculated ac-
cording to equations presented in Table 10. The gas-liquid
and liquid-solid mass transfer coefficients were found
using the correlations presented in Table 9. Values cal-
culated for the mass transfer coefficients and catalytic ef-
fectiveness factors are given in Table 13.

Results and discussions

The conversion profiles for the fixed-bed (trickle and
bubble fixed-bed) and the suspended-bed (slurry and
fluidized) reactor groups were compared separately be-
cause of the difference in catalyst load and particle size.
However the catalyst load and particle size are the same
within each group.

Figure 7 shows the ethanol conversion profiles in the
trickle-bed and the bubble fixed-bed. The slight conver-
sion increase in the bubble fixed-bed over the trickle-bed
(about 4% at length=500 cm) is probably due to higher
values of bubble fixed-bed mass transfer coefficients. The
catalytic effectiveness factor for both of the fixed-bed re-
actors was found to be 0.13, while dispersion coefficients
were negligible for both of these reactors in comparison
with those for suspended-beds (Table 13).

Figure 8 shows a comparison of the ethanol conversion
profiles in suspended-bed reactors. Similar catalyst load-
ing and particle diameter were used in the three types of

Catalytic gas fluidized-bed

Multiple reaction system for the production of phthalic anhydride from naphthalene (Kunii and Levenspiel)

Literature ReaCat (1) ReaCat (2)
Plug flow Plug flow
Conversion 97% 94.93%

ReaCat
Plug flow Dispersion
85.49% 81.26%

(1) Experimental bubble diameter values has been used by the program
(2) The correlation of Horio and Nonaka (1984) has been used to find the bubble diameter

Continuous gas-liquid stirred tank reactor

Liquid phase oxidation of o-xylene into o-methylbenzoic acid by means of air (Froment and Bischoff 1979)

ReaCat
83.95%

Literature

Conversion 83.39%

Trickle-bed

Liquid-phase oxidation of formic acid in the presence of CuO.ZnO catalyst (Baldi et al. 1974; Goto and Smith 1975)

Experimental
88.5% 91.0%

Continuous catalytic gas-liquid slurry stirred tank reactor

Conversion

ReaCat (plug flow)

ReaCat (dispersion)
89.8%

Hydrogenation of aniline to cyclohexylamine (supported nickel catalyst) (Govindarao and Murthy 1975; Ramachandran and

Chaudhari 1983)
Literature ReaCat
Reactor volume 98 1 99 1
(46% conversion of Aniline)

Semi-batch catalytic gas-liquid slurry stirred tank reactor

Butynediol synthesis by the reaction of gaseous acetylene with aqueous formaldehyde in the presence of copper acetylide

catalysts(Kale et al. 1981)
Experimental
62%

ReaCat (1)

Conversion 61.0%

ReaCat (2)
68.5%

(1) Adsorption at catalyst surface is taking into account by the program

(2) No adsorption effects
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suspended-beds. The catalytic effectiveness factor in sus-
pended-beds was found to be much higher than that for
fixed-beds (0.799 compared with 0.13 in fixed-beds) due to
fine catalyst particles. The conversion profiles for the
three-phase fluidized-bed and bubble slurry reactor had
values that were very similar. The conversion in the three-
phase fluidized-bed was higher by 9% than that in the
bubble slurry reactor at length 500 cm. However, the
conversion profile for the CSTR slurry reactor was much
higher than in other suspended-beds. The conversion of
ethanol in CSTR slurry was 52% higher than in the bubble
slurry-bed and 37% higher than in the three-phase flui-
dized-bed at length 500 cm. The high conversion in the
CSTR slurry reactor can be explained by the much higher
mass transfer coefficients due to the mechanical agitation
as seen in Table 13. The CSTR slurry reactor gave the best
ethanol conversion among the suspended-beds, while the
bubble fixed-bed gave the best conversion for the fixed-
beds.
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Table 12. Parameters and operation conditions for the oxidation of ethanol

Parameter or operating condition

Catalyst particle diameter (cm)

Fixed-beds (trickle-bed and bubble fixed-bed)=0.5

Suspended-beds (slurry and fluidized-beds)=0.05

Catalyst load (g/cm’®)

Fixed-beds=1.04

Suspended-beds=0.1

Reactor diameter (cm) 20

Gas flow rate (cm®/s) 3140.0
Liquid flow rate (cm®/s) 62.8
Ethanol concentration in liquid-phase at inlet (mol/cm?) 4x107*
Oxygen concentration at saturation (mol/cm?) 4.2x107¢
Molecular diffusivity (cm?/s) 4.7x107°
Effective diffusivity (cm?/s) 4.16x107°
Catalyst density (g/cm?) 1.2
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Table 13. Mass transfer coefficients and catalytic effectiveness factor

Reactor Catalytic effectiveness G-L mass transfer Liquid phase dispersion L-S mass transfer
factor coefficient (1/s) coefficient (cm?/s) coefficient (1/s)

Trickle-bed 0.13 0.02 0.3266 0.0276

Bubble fixed-bed 0.13 0.144 0.9977 0.0408

CSTR slurry 0.799 1.05-1.45 - 1.14

Bubble slurry 0.799 0.02677 434 0.0952

Three-phase fluidized-bed 0.799 0.252 47.9 0.1

B REACTOR FLOWSHEET - [REACTOR PROCESS)

CrEIEEEEEER B

i S

FEED-1 PFR-1 BFR-2 'i
> :I}-'- ’ PROC-
MR-t 3p->¢:

SPLITFER-1

=

This illustration of the use of the simulation package
for these calculations demonstrates the significant capa-

Fig. 6. Reactor flow-sheeting

fixed-bed, catalytic fluidized-bed, gas-liquid stirred tank,
trickle-bed, three-phase fixed bubble-bed, bubble slurry

bility to handle a very complex set of equations in a very column, CSTR slurry, three-phase fluidized-bed. Power-

effective and time saving manner. Other examples where
simulation results were compared against experimental
data have also been illustrated (Saleh 1994).

law reaction rates or the Langmuir-Hinshelwood models
are included. It is equipped with correlation to estimate
the external mass transfer effects (gas-liquid and liquid-

solid) and dispersion coefficients. Estimation of the cata-

Conclusion

lytic effectiveness factor to account for the intra-particle

A multi-phase catalytic reactor simulator has been devel- resistance is also included. Isothermal and non-isother-

oped. The simulation package has models to design the
following reactor types: plug flow, CSTR, batch, catalytic

mal/non-adiabatic conditions with multi-reaction systems
with up to 30 reactions and 36 components are permitted.
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Conversion Profiles in Fixed Beds
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Fig. 7. Conversion of ethanol in three-phase fixed-beds
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Fig. 8. Conversion of ethanol in three-phase suspended-beds

Reactor hydrodynamics such as pressure drop, power
consumption, catalyst-wetting factor, and flow regimes
may also be predicted.
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